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In this work, a working model is proposed of molecular sieve silica (MSS) multistage
membrane systems for CO cleanup at high temperatures (up to 500°C) in a simulated fuel
cell fuel processing system. Gases are described as having little interactions with each
other relative to the pore walls due to low isosteric heat of adsorption on silica surfaces
and high temperatures. The Arrhenius function for activated transport of pure gases was
used to predict mixture concentration in the permeate and retentate streams. Simulation
predicted CO could be reduced to levels below the required 50 ppmv for polymer
electrolyte membrane fuel cell anodes at a stage H,/CO selectivity of higher than 40 in 4
series membrane units. Experimental validation showed predicting mixture concentra-
tions required only pure gas permeation data. This model has significant application for
setting industrial “stretch targets” and as a robust basis for complex membrane model
configurations.© 2006 American Institute of Chemical Engineers AIChE J, 52: 1729-1735, 2006
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Sstretch targets

Introduction

For the hydrogen economy to become a reality, it is likely in
the next few decades that hydrogen will still be mainly pro-
duced from fossil fuels (natural gas or syngas from coal gas-
ification). A major advantage of hydrogen driven fuel cell
technology lies in the zero emission promise. However, refor-
mate gas streams for hydrogen production always contain
by-products, such as carbon monoxide, which tend to poison
the anode catalysts of polymer electrolyte membrane (PEM)
fuel cells.!? The removal of CO in the hydrogen stream is a
critical yet challenging issue. There have been many develop-
ments in reformate cleaning, including membrane technology.
Hydrothermally stable molecular sieve silica (MSS) mem-
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branes are becoming suitable hydrogen purification candidates
for fuel cell and real industrial applications. For example, the
DOE in the USA has spent a considerable effort and investment
in membrane technology as a candidate for large scale capture
of the greenhouse gas, CO,, from H, rich streams. As these
applications are likely to contain steam, we have recently
developed a new class of hydrothermally stable molecular
sieve silica membranes for hydrogen purification.?

The governing separation mechanism, molecular sieving, is
a fundamentally simple process, whereby smaller molecules,
such as H,, selectively permeate over larger molecules, such as
CO,, CO, and N,, by size exclusion. There are several models
reported in the literature dealing with the molecular transport of
gases. When modeling gas transport in micropores, it is under-
stood that surface interaction plays a major role in the diffusion
of gases and can be described by Fick’s law. Many mixture
models have been derived and in many cases include Stefan-
Maxwell formalisms,*# irreversible thermodynamics,® and fi-
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Figure 1. Membrane modeled as a single separation
unit.

nite mass exchange.!0-12 The activated transport model origi-
nally proposed by Barrer!? has been extensively used to explain
molecular diffusion in MSS membranes. A derivation of Bar-
rer’s model to describe molecular sieving permeation in MSS
membranes with pores smaller than 4-5A is in the form!4-2+:

P _pl—eDK —-E,
1), "1 e POREP\Rr

where (P/l)g, is the permeance (mol.m %s ' Pa™'), r is the
density of silica (around 1.8 kg.m ), and D, and K, are
proportionality constants for activated diffusivity (m*s~') and
Henry’s law (mol.kg™'.Pa™'), respectively. E, (kJ.mol') is
the apparent transport activation energy and is the difference
between the mobility energy E,, (kJ.mol ") and the isosteric
heat of adsorption Q,, (kJ.mol '):

(1)

EIL = Em - QS’ (2)

This model describes micropore diffusion to be an activated
process governed by an activation energy. In other words,
permeation increases with temperature when E,, > Q,,, con-
trary to bulk flow and Knudsen diffusion,'® which always
decrease with temperature. In the case of silica microporous
membranes, silica has a low adsorption capacity,?%-2>2> mainly
complying with Henry’s law of low coverage. Hence, Barrer’s
model could also be used to predict mixture permeation in MSS
membranes.

Krishna’s extensive works*32¢ predicting mixture transport
in zeolitic molecular sieve membrane using Stefan-Maxwell
has application in the lower temperature region, with highly
adsorbing organics. The main feature of inorganic membranes,
on the other hand, is their high temperature (>200°C) separa-
tion of weakly adsorbing gases, such as H,, N,, CO, and CO,.
In fact, the Stefan-Maxwell single file diffusion model reduces

to basic single gas Fick-type diffusion when coverage is very
low: 6/6,, =~ 0, where 0, is the fractional coverage of species i
and 6y, is the coverage of vacant sites. Other models to predict
mixture transport are mathematically similar to Stefan-Max-
well, such as irreversible thermodynamics, and thus similar
simplification would occur. The more recent techniques using
non-equilibrium molecular dynamics have been applied on
zeolitic and amorphous membranes,?”® but development and
validation is required before applying the ideal structure per-
meation to realistic silica membranes.

In this article, we take the Arrhenius function proposed by
Barrer for single gases and derive it for a multicomponent
system. Based on permeation results for plate membranes and
tubes prepared and tested using methods reported elsewhere,?
multicomponent reformate cleanup is evaluated to verify the
performance of the separation system to meet CO 50 ppmv for
meeting fuel cell system requirements. The technique is then
used to back validate gas permeation results and find suitable
“stretch targets” for developing the membrane technology for-
ward.

Membrane Separation Stage Model Development

The membrane separation unit was modeled as a single stage
depicted in Figure 1. Known values are feed and permeate
pressures, Prand P, respectively, feed flow F, feed component
i, molar fraction x;;, and sweep flow (if used) F, along with the
sweep molar fractions of i, y, ;.

Unknown values are retentate flow, F,, retentate molar frac-
tion of i, x,; permeate flow rate, F,, and permeate molar
fraction of i, y, ;. The following assumptions are made in the
model:

(1) Henry’s law at low pressure and high temperature
ensures low surface coverage (surface interactions between
gases negligible);

(2) Countercurrent system when sweep gas used;

(3) Sweep gas back-diffusion through membrane is not
significant;

(4) Total pressure drop across retentate is negligible;

(5) Total pressure drop across permeate is negligible
(though not for hollow fibers?°);

(6) Mass transfer resistance is confined to the y-alumina
and silica film. The substrate offers insignificant flow resis-
tance;

<126

‘ ‘
R - t

'« = GO ,H 2 T -

[ TREEs LTI e T
= He T B TR

% co T 138 T — Y
ol - B ] ~ He | te .

g e = e -

c b TooH -t4.4}- C

£ C o ;®

- L co - K

g -10f N 1

g i
@ N

E &\1— T ae e

g 20|~ h e e T : 7

g i
5 o

- . : . 182 b ‘
2 22 24 28 3 32 14 16 18 2 22 24 26 28 3 32 34

286
1000/T (1000.K™")

1000/T (1000/K)

Figure 2. Top layer permeance isosteres for various gases from platelet (left) and tube (right).
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Table 1. Apparent Activation Energies, E,, in kJ - mol™" and r? of Eq. 1 Fit for Both Plate and Tube Membranes at 2 Bar
Pressure Drop

He H, Co, N, Co
Membrane E, r? E, r? r? E, r? E, r?
Plate 4.4 0.99 3.6 1.00 —6.9 1.00 9.0 0.99 8.1 0.99
Tube 2.7 0.99 3.5 0.98 —34 0.83 -3.5 0.68 -3.0 0.53
(7) There is no mixing of gases in the direction of bulk gas E X =1 (8)

flow;

(8) Plug flow of gases on both sides;

(9) Small scale results are scalable to areas accommodating
the required flow rates;

(10) Membrane films are of uniform thickness;

(11) Membrane systems operate at steady state (tempera-
ture and pressure);

(12) Partial pressure drop follows a log mean relation; and

(13) Component permeance is constant across the entire
membrane surface.

Permeance in the top (selective silica) layers (P/]);, for each
species i was calculated using Eq. 1. Transport through the
mesoporous y-alumina layer is by the non-activated Knudsen
diffusion, and assuming Fick’s law, Knudsen permeance, (P/
D, (mol.m™2s~ ' Pa~ "), is given by?:

(7), ()% (soomr)
1) \i1), 7 \9mMRT ®)

v

In the case of y-alumina calcined to 600°C, d, is 4 nm, & is
0.55, and 7 is 2.2.31:32 Series analysis of gas diffusion then
allows calculation of permeation in each layer from the overall
permeance retrieved from experiments (P/l),,.,., by an analo-
gous circuit resistance equation33:

()~ C) )+ 00,
IR RO
! memb ! substrate ! b% ! TL

(P/1) pemp.; Was converted to molar flux exiting in the perme-
ate stream by:

P
Fp,i = AAPln,i(Y) )

memb,i

where A is the membrane permeation area and AP, ; is the log
mean partial pressure drop of component i:

(Xf,in - yp,iPp) - (xr.in - y:.pr)
AP, = P =P (6)
( Xl Ty T Vpli ,,))
(-xr,in - ys,ipp)

Since the sweep gas used in the small scale membrane plate
was Ar, it does not appear within species i (y,; = 0). The mass
balance for each species, i, is:

fof;i = Frxr,i + prp,i (N

Since the retentate consists only of species in set i,
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The flow out of the permeate stream consists of the non-i
sweep and all of species i permeating through the membrane:

F,=F,+F, > x, )

For the condition where no sweep gas was used, F; = 0 and
Ysi = Y,; When calculating AP, ; at steady state. The four
species, H,, CO,, N,, and CO, make the total number of
equations using Eqgs. 5, 7, 8, and 9 to be 10. This makes a total
of 10 unknown parameters that can now be solved by setting
the equations to equal zero.

Matlab 6.1 was used to zero find the 10 equations using the
“Isqnonlin” optimization package, which solves non-linear
equation sets via least squares method. Constraints are permit-
ted with this package to prevent negative number return (en-
suring all positive flows). Tolerance was set to give certainty to
1 X 10~° for all numbers, output as molar fractions (in mol.%)
and molar flux (in mol.min""). Flow rates are input into the
model in mol.min~ ' and pressure is input in bar (absolute).
Known values for molar fraction and flow rates were used as
initial guesses for unknown values. The initial estimates were
calculated first by the arithmetic mean of partial pressure drop
instead of Eq. 6. In generating the final answer, Eq. 6 was then
used.

Pure Gas Model Parameters

Top layer single gas permeation isosteres from platelets and
tube permeation data,>3* calculated using the linearized form of
Eq. 1, are shown in Figure 2 at a pressure drop of 2 bar. Linear
regressions show good fits, as listed in Table 1, indicating
membranes of high quality with insignificant contribution of
non activated mechanisms. Negative values of E, for CO, were
observed on platelets, as supported in the literature.>> Negative
values of E, were also observed for N, and CO on the tube due
to its slightly lower selectivity, and hence higher relative value
of Q,, over E,, (Eq. 2). The differences between the top layer
isosteres of the two membranes, although made of the same
amorphous silica material, is dependent on a wide range of
factors, such as initial substrate surface roughness, top layer
gelation conditions, and top layer average thickness. It is this
reason that makes modeling from a more fundamental level

Table 2. Pre-Exponential Constant C,, (X10~® mol - m~2 -
s~!-Pa~ ') from Membrane Permeation Results for Both
Plate and Tube Membranes at 2 Bar Pressure Drop

Membrane He H, CO, N, CcO
Plate 6.92 5.20 0.06 1.21 1.08
Tube 219 396 9.54 6.96 8.69

DOI 10.1002/aic 1731
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Figure 3. Model results (lines) compared to observed mixture component fraction (symbols) of membrane plate with
temperature at 2 bar AP (left) and pressure at T = 200°C (right), P, = 1 bar(abs).

Ar sweep gas used.

difficult, so retrieving single gas permeation from the real
membrane compensates for these complexities.

The corresponding fits for the pre-exponential constant are
found in Table 2. The lumped constant, C, (mol.m %s~'Pa™")
is the combination of the individual constants in Eq. 1:

_plfs
T

Co=7 Dok, (10)

Model Validation

Model results are presented in Figure 3 against observed
plate permeate molar fraction from mixture separation experi-
ments with varying temperature and pressure. In these exper-
iments, Ar was used as the sweep gas. Model predictions of H,,
CO,, and CO were close to experimental values, validating the
model under the conditions tested. CO, was in all cases slightly
higher experimentally, possibly due to its high heat of adsorp-
tion, although surface coverage at high temperature is very low
in silica derived materials. No experimental data were available
to validate the plate N, permeate fraction. Tube permeation
was similarly validated, including N,.

Transport Simulation for a Fuel Cell Fuel
Processing Unit

Using the model parameters determined from small scale
single gas measurements, the activated transport model was
extended to predict membrane area and concentration output
based on the input gas and flow rate. Molar fractions of dry
gases exiting the water-gas shift reactor (WGS) at 1 bar (ab-
solute) in fuel cell systems are listed in Table 3. These values
with a total gas flow rate of 15 mol.min~' would give a
nominal power output of 10kWe from a fuel cell (FC). Com-
ponents in this stream are made up mostly of H,, CO,, N,, CO,

Table 3. Composition of Gas Exiting Water Gas Shift Stage

and CH,. The kinetic diameters, d,, of each are 2.89, 3.3, 3.64,
and 3.76A, respectively. The only gas not considered in small
and large scale experiments is CH, and, since it is slightly
larger than CO (d,, = 3.8 A) and not considered a problem in
fuel cell systems, will be ignored in the following modeling.
The requirements of the separation stage are listed in Table 4.

Single Stage Modeling Results

Simulation results based on the plate model were carried out
on a real separation unit, as presented in Table 5. Pressure drop
was maintained at 1 bar in simulations. The membrane area, A,
is the active membrane surface required to meet the flow rate.

In all cases, a CO reduction in the permeate stream was
predicted. When the permeate pressure was 1 bar(abs), CO was
only slightly reduced. However, at 0 bar(abs), CO was reduced
by a factor of 3 because the permeate was under vacuum. In no
case, however, was a single stage able to reduce CO to below
the preferred requirement of 50 ppmv (Table 4). The biggest
advantage was the predicted increase in H, of around 50% in
all vacuum permeate cases. The retentate flow was less than the
permeate flow and comprised mostly of N,. A vacuum pump
on the permeate side is, therefore, preferable to a compressor
on the feed. From further modeling, a vacuum of 10 mbar(abs)
or less would be sufficient for this separation. This pressure
was chosen to indicate that deep vacuum is not required,
justifying the use of a more cost effective pump. A rotary vane
vacuum pump to produce 10 mbar(abs) vacuum at the total
permeate flow rate would require no more than 800 W power,3¢
which is less than 10% of the 10 kW fuel cell output. A less

Table 4. Process Requirements for Membrane Separation
Stage in a Fuel Cell CO Cleanup System

Requirement Value

1 bar to minimize
compression costs
At least 95%

Pressure drop

H, recovery (ratio of H,
permeate flow to H, feed

Gas WGS (mol %)
H, 49

CO, 17

N, 34

CcO 0.5

flow)

CO permeate concentration for
FC stack

Operation temperature

<50 ppmv (pref.) 100 ppmv
(max.)

390°C (WGS outlet) and 80°C
(FC stack inlet)
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Table 5. Model Predictions for Real CO Cleanup Operation
Using Plate Model Fitting Parameters*

= 390°C T = 80°C

P,=0 P, =1 P,=0 P, =1
Value Bar(abs) Bar(abs) Bar(abs) Bar(abs)
A 235 624 356 1870
X, H, 6.45 25.7 6.79 25.7
X,.co, 32.0 26.5 11.12 8.98
XN, ) 60.7 47.2 80.9 64.6
X,.co 0.865 0.655 1.14 0.785
Yoty 74.7 51.3 72.6 51.3
Vp.co, 7.90 16.0 20.3 17.8
VpNa 17.1 322 7.01 304
Yp.co 0.260 0.473 0.123 0.459

*AP = 1 bar. Component concentrations in mol - %.

significant vacuum could lead to further parasitic energy re-
ductions, so further using this model, a more in-depth energy
optimization is possible.

Using a sweep gas has the same effect as a vacuum in that
the partial pressure on the permeate side is reduced, leading to
improved efficiency from the same membrane unit. However,
sweep gases in real situations can back diffuse through the
membrane, which can be significant if the feed pressure is
similar to the permeate. This was not the case in our work using
argon as the feed pressure and flow conditions were chosen to
mitigate back diffusion feed dilution effects. Also, argon mol-
ecules are larger than H, and CO, (d, = 3.4 A) so back
permeation was minor. Sweep gases, which are not easily
condensable, are ineffective for industrial scale systems. This is
the reason for electing vacuum over sweep gases in our indus-
trially oriented modeling.

Model Extension to Predict Multistage Separation

A string of membrane units, M,, was modeled to target CO
to below the required level. The best separation condition was
chosen from Table 5 with vacuum on the permeate side. Best
temperature was 390°C for the tube and 80°C for the plate. An
example of a 2 stage (M,) operation is shown in Figure 4.

Table 6 lists the multiple stage modeling results at 1 bar
pressure drop with P, = 0 bar(abs) using plate and tube model
fitting. An H, recovery of 99% was used for each stage to
ensure that only after the fifth stage would the total recovery
drop below 95%. The higher selectivity plate model predicted
that the reduction to below 50 ppmv could be achieved in six
stages, with the area totaling to 1452 m? After the same
number of stages for the tube model, CO was still too high;

Retentate 1

Feed Vs

P-1

M-1

—@—
/ /

however, far less area was required to handle the flow as tube
permeance was higher, totaling at 19 m>.

Modeling further stages was not effective as recovery for
each stage approached 100%, which significantly reduced the
separation efficiency. The partial pressure drop of H, over the
feed to retentate became steeper with increasing recovery,
reducing the average driving force for permeation. On further
simulation, it was predicted that an H,/CO permselectivity of
40 from the tubes would achieve CO reduction below 50 ppmv
in only four stages with a total area of only 21 m>.

This model clearly showed that silica membranes could
potentially meet the CO requirements for PEM fuel cell sys-
tems. Also, the model was useful in showing which areas of
membrane design, such as best selectivity or flux, are needed to
set “stretch targets” for technology forecasting. The model
could be easily modified for other applications, such as CO,
capture, to assess these “stretch targets” based on current
and/or optimistic individual membrane performance. As men-
tioned above, H,/CO separation would be performed very
effectively at the target permselectivity of 40 on high flux
tubes. It is, therefore, important to achieve at least this selec-
tivity target, made possible with optimized sol-gel methods and
coating techniques. Further application of this model could also
lead to optimized membrane unit configurations (complex se-
ries-parallel systems) where various pressure and/or tempera-
ture configurations are used to achieve optimal performance
without needing to build prototype systems.

Although fuel processing systems operate close to atmo-
spheric pressure to minimize compression costs, there is pos-
sible application in larger scale high pressure WGS systems
(around 10 bar) or steam reforming.3” No data were collected at
this high pressure, but pending further study, it is likely that
silica membranes could operate at this pressure and modeling
could be performed if in the Henry regime. Also, incorporation
of steam to the model is necessary for further modeling of real
systems. Hydrothermal effects on molecular sieving silica
structures have not been clearly defined such that they can be
comfortably applied to process modeling, but that is the subject
of our current work. With these in mind, successful process
modeling of silica membranes will be a key to their success in
an effective industrial application in systems such as PEM fuel
cells.

Conclusions

From this work, it was shown that pure gas permeance can
be used to predict dry MSS membrane permeate output in the
Henry’s law regime. This can be used as the basis for:

Retentate 2

; Permeate 2

p-2

M-2

Figure 4. Example 2 stage membrane separation including vacuum pumps after each permeate stream.
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Table 6. Multistage Best Membrane Separation Model for Post WGS Using Plate and Tube Model Fitting.*

Plate Model Stage (T = 80°C)

Tube Model Stage (T = 390°C)

Value k=2 k=4 k=6 k=2 k=4 k=6
A (total) 831 1180 1452 10.7 15.8 19.0
X, 728 28.6 40.7 4.03 15.2 34.6
X,co, 174 44.1 53.1 32.0 324 27.8
X, 74.1 26.8 6.01 63.1 515 36.9
o 1.19 0.561 0.162 0.925 0.851 0.674
Vi, 75.0 789 80.6 79.9 91.8 96.2
Vp.co, 21.7 20.6 19.3 7.93 3.65 1.88
Vo, 3.20 0.483 0.0871 11.97 443 1.91
Ypco 0.0642 0.0127 0.0029 0.202 0.0845 0.0402

*P, = 1 bar(abs), P, = 0 bar(abs), overall H, recovery = 95%. x, is retentate and y, is permeate mol% exiting stage M,.

® A basic robust module to build complex membrane ar-
rangements with multiple units and pressure/temperature re-
gimes;

e Extension to predict transport with H,O;

e Setting “stretch targets” that provide membrane flow and
selectivity requirements needed for practical process integra-
tion; and

® Physical transport understanding to model an MSS mem-
brane reactor system.

Further work will address these conclusions, aimed primar-
ily at optimization of the membrane stage sequence, model
extension to predict transport of H,O, improvements to coating
technology leading to CO reductions with less membrane area
and energy costs, and further research on MSS membrane
reactors. Effective modeling is an essential tool in promoting
the potential for MSS membranes in industrial applications,
taking advantage of their low cost, high stability, and relatively
simple operation.
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Notation
A = membrane active permeation area (m?)
C, = lumped pre-exponential constant for activated transport
(mol.m™'s7'.Pa” ")
D, = pre-exponential diffusivity constant (m”.s~")
E, = apparent transport activation energy (kJ.mol ")
E,, = mobility energy (kJ.mol ')
F = flow (mol.s™ %)
K, = pre-exponential Henry’s constant (m>s~ ")
M = molar mass (g.mol ")
M, = membrane stage number k
P = total pressure (bar)
AP = pressure difference (bar)
PEM = polymer electrolyte membrane

P
<7> or(P/l) = permeance(mol.m 2.s~ ' Pa')

Q,, = isosteric heat of adsorption (kJ.mol ')
R = ideal gas constant (8.314 kJ.kmol 'K ")
T = temperature (K unless specified)
d, = gas molecule kinetic diameter (A)
d,, = pore diameter (m)
| = membrane thickness (m)
r? = linear regression correlation coefficient
x = feed or retentate molar fraction (mol.mol ')
y = permeate or sweep molar fraction (mol.mol ")
& = porosity (—)
0 = fractional coverage (—)

1734 DOI 10.1002/aic

p = density (kg.m ™)
T = tortuosity (—)
Subscripts
Kn = Knudsen
TL = top layer
V = vacant sites
abs = absolute pressure
f = feed
i = gas species i
In = log mean

memb = overall membrane
p = permeate
r = retentate
s = sweep
Y = vy-alumina
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